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In a continuing effort to realize the simultaneous hydrogen and methanol production via the auto-thermal methanol 
synthesis process, the effect of two different hydrogen redistribution strategies along a double-membrane reactor has 
been considered. A steady-state one-dimensional heterogeneous model was developed to compare two strategies 
applied in the operation of the auto-thermal methanol synthesis. It was found that the counter-current confi gura-
tion exhibited the better performance compared to the reactor operated in the co-current mode from both the 
economic and environmental points of view. This superiority is ascribed to the establishment of a more favourable 
temperature profi le along the reactor and also more hydrogen extraction from the reaction zone. Moreover, the 
infl uence of some operating variables was investigated on the performance of the auto-thermal double-membrane 
reactor in the counter-current confi guration. The results suggest that utilizing this confi guration for pure hydrogen 
and methanol production could be feasible and benefi cial.
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INTRODUCTION

  At present, the energy resources are mainly based on 
fossil fuels which are absolutely essential for the pro-
sperity of mankind. Concerns about the environmental 
misdeeds of fossil fuels and also the growing gap between 
increasing demand and shrinking supply as a result of 
the continuous increase in the global population and 
economic development, and the rapid depletion of fossil 
fuels, respectively, have led to signifi cant research into 
the use of alternative energy carriers. Hydrogen and 
methanol have been identifi ed as ideal energy carriers to 
support sustainable energy development1–4. Widespread 
usage of them, if generated in an advantageous manner, 
could contribute to alleviation of the growing concerns 
about the world’s energy supply, security, air pollution 
and greenhouse gas emissions5. Although hydrogen is 
often referred to as ‘clean energy’ since its combustion 
produces only water while the production of hydrogen 
from hydrocarbons via conventional processes, yields 
CO2, a greenhouse gas. Therefore, one of the environ-
mentally benign methods to produce hydrogen without 
CO2-emission is cyclohexane dehydrogenation6–8. Com-
mercially, methanol, on the other hand, is produced 
by the natural gas and specifi cally by means of syngas 
obtained via steam reforming operations9–12. 

Currently, some alternative processes such as auto-
-thermal methanol synthesis (AMS) are considered to 
co-produce hydrogen and methanol as environment frien-
dly fuel13–16. Indeed, AMS combines methanol synthesis 
and cyclohexane dehydrogenation reactions in a single 
reactor. However, the AMS process is affected by the 
thermodynamic constraints, which limit reactants conver-
sion. Under such circumstances, using the membrane 
concept in the auto-thermal methanol process seems 
to be benefi cial in order to selectively in situ product 
removal or reactant addition. Pd-Ag membranes have 
attracted increasing attention in membrane reactors in 

the hydrogen production and methanol synthesis pro-
cesses. On this base, promising candidates in the auto-
-thermal methanol synthesis process are double-Pd/Ag 
membrane and two-membrane fi xed-bed reactors, which 
have proposed by Rahimpour et al.17–18. These reactor 
confi gurations consist of two catalytic fi xed beds separated 
by the tube wall and also two membranes, one (Pd/Ag 
membrane) is used for pure hydrogen production from 
the endothermic side and the subsequent is employed 
in order to selectively in-situ hydrogen addition to the 
exothermic side via another Pd/Ag membrane (in the case 
of the double-Pd/Ag membrane confi guration reactor) 
or selectively in-situ water removal from the exothermic 
side by means of H-SOD membrane (in the case of the 
two-membrane confi guration reactor). The results of their 
investigation obtained in distinct studies revealed that 
the mentioned reactors in addition to possessing advan-
tages of an auto-thermal membrane methanol synthesis 
reactor (AMMSR), have more favourable temperature 
profi le and higher productivity. However, glancing over 
their results shows that although lower production rate 
of water in the thermally coupled two-membrane re-
actor (TCTMR) reduces catalyst re-crystallization, the 
auto-thermal double-membrane reactor (ADMR) has 
superiority over the TCTMR due to higher production 
and conversion. In addition, it is interesting to highlight 
that it was not easy to synthesize this type of membrane, 
so this could count as a disadvantage. In this regard, it 
was decided to peruse more study on ADMR.

The reported literatures refl ect that the majority of the 
implemented works on the coupled reactors have reported 
higher conversion and performance in the co–current 
mode of reacting gas mixtures in both the exothermic 
and endothermic sides. Therefore, in the utilization of 
an ADMR, the important parameters to be taken into 
accounts are the relative direction of both the synthesis 
gas and recycle streams in the exothermic and recycle 
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sides, respectively. In particular, there are differences 
in terms of both hydrogen recovery yield and methanol 
production when the co-current mode or the counter-
-current one is used. The use of the counter-current mode 
was already studied from a theoretical point of view in 
reaction systems such as methane steam reforming19, me-
thanol steam reforming20–21 and water gas-shift reaction22, 
carried out in Pd–Ag membrane reactors. These studies 
found that the counter-current modes able to increase 
the hydrogen recovery with respect to the co-current one 
for a wide range of operative conditions. Differences 
between the performances of membrane reactor operated 
in the co-current and counter-current modes have also 
been observed for other reaction systems23–24.

The positive effect of the counter-current mode on 
reactor performance and failure in fi nding research de-
aling with comparison of the two operation mode effect 
on ADMR performance persuade us to investigate the 
performance of two ADMR confi gurations which is the 
subject of the present work, would be benefi cial and helps 
policy makers to identify the promising confi guration and 
technology. In the present work, the effect of hydrogen 
redistribution along an auto-thermal double-membra-
ne reactor was studied. In the fi rst strategy, hydrogen 
permeates into the exothermic side in the co-current 
operation mode while in the second strategy, it happens 
in the counter-current one. Consequently, a steady-state 
1-D mathematical model has been used for the simu-
lation of this reactor operated in both the co-current 
and counter-current modes. The performances in terms 
of methanol production, cyclohexane conversion and 
hydrogen recovery of both the confi gurations have been 
compared at same process conditions such as pressure, 
temperature, catalyst mass and feed composition.

PROCESS DESCRIPTION

Auto-thermal double-membrane reactor (TCDMR)
Figure 1 shows the schematic fl ow diagram of an auto-

-thermal double-membrane reactor for simultaneous pure 
hydrogen and methanol production in the counter-current 
confi guration, respectively. ADMR consists of four con-
centric tubes. The inner tube is the recycle side which is 
separated by a Pd-Ag membrane from the exothermic 
side (second tube). The catalytic dehydrogenation of 
cyclohexane to benzene is assumed to take place in the 
third side while the methanol synthesis occurs inside the 
next compartment. Synthesis gas is fed to the exothermic 
side and its effl uent is recycled, compressed (up to 96.98 
bar) and passed through the inner tube in a co-current 
mode18 or counter-current mode (see Fig. 1) with respect 
to reacting gas. Hydrogen partial pressure in the recycle 
stream (after it was compressed) is suitable for hydro-
gen permeation into the exothermic side. After leaving 
the inner tube (the recycle side), the methanol rich-gas 
(product stream) goes to the separator. Therefore, the 
exothermic stream is cooled simultaneously with the 
recycling gas in the inner tube and the reacting gas in 
the endothermic side. Moreover, pure hydrogen is pro-
duced via the membrane wall in the latter section and 
is swept by an inert gas. The input data and operating 
conditions are available in our previous reports14, 18, 25–26.

REACTION SCHEME AND KINETICS

Methanol synthesis
In the methanol synthesis, three overall reactions are 

possible: hydrogenation of carbon monoxide, hydroge-
nation of carbon dioxide and reverse water–gas shift 
reactions: 

Figure 1. Schematic diagram of ADMR in the counter-current mode
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MATHEMATICAL MODELLING

The following assumptions were considered for mo-
delling the double- and single-membrane heat exchanger 
reactors:

– One–dimensional heterogeneous model (reactions 
take place on the catalyst surface); 

– Steady state operation;
– Plug fl ow pattern in each sides;
– Axial diffusion of heat and mass are negligible;
– No radial diffusion of heat and mass in the catalyst 

pellets;
– Catalytic beds have symmetry (bed porosity in axial 

and radial directions is constant);
– Ideal gas behaviour on each sides;
– Outer wall is considered to be insulated.
According to the above mentioned assumptions and 

the differential element along the axial direction inside 
the reactor, the mole and energy balance equations 
were obtained. The balances typically account for the 
convection, transport to the solid-phase and reaction. 
The mass and energy balances, pressure drop equation 
and boundary conditions for solid and fl uid phases have 
been summarized in Table 1. In equations (6) and (7), 
η is effectiveness factor of kth reaction in jth  side (the 
ratio of the reaction rate observed to the real rate of 

    (1)
    (2)

    (3)
In the current work, the rate expressions have been 

selected from Graaf et al.27. The rate equations combined 
with the equilibrium rate constants28 provide enough 
information about the kinetics of the methanol synthesis 
over commercial CuO/ZnO/Al2O3 catalysts.

Dehydrogenation of Cyclohexane
The reaction scheme for the dehydrogenation of cyc-

lohexane to benzene is as follows:
    (4)

The following reaction rate equation of cyclohexane, 
rc, is used29:

 (5)

where k, KB and KP are the reaction rate constant, the 
adsorption equilibrium constant for benzene and the 
reaction equilibrium constant, respectively. Moreover, 
Pi is the partial pressure of component i in Pa. The 
reaction temperature is in the range of 423–523 K and 
the total pressure in the reactor is maintained at 101.3 
kPa. The catalyst is Pt/Al2O3

30.

Table 1. The mass and energy balances and the boundary conditions for the solid and fl uid phases in different sides of ADMR
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reaction), which is obtained from the dusty gas model26. 
In equations (8) and (9), β and  are equal to 1 and 0 
for the endothermic and 0 and 1 for the exothermic side, 
respectively. Besides, in equation (9), the positive and 
negative signs are used for exothermic and endother-
mic sides, respectively. In equations (10) and (11), β is 
equal to 1 for hydrogen component and 0 for the sweep 
gas. The negative and positive signs of the fi rst term 
in equations (12) and (13) are used for the co–current 
and the counter–current fl ow, respectively. Moreover, in 
equations (12) and (13),  is equal to 1 for hydrogen 
component and 0 for CO2, CO, H2O, CH3OH and inert 
components. In the boundary condition equations, , 

 and  are the mole fraction of ith component in the 
fl uid–phase, temperature and pressure at the entrance 
of jth side of the reactor, respectively. ,  and  
are the mole fraction of ith component in the fl uid–phase, 
temperature and pressure at the end of the exothermic 
side, respectively.

Auxiliary correlations
In order to simulate the reactor and solve the set of 

differential equations, auxiliary correlations should be 
added. The Ergun momentum balance equation is used 
to give the pressure drop along the reactor. Moreover, 
the fl ux of hydrogen permeating through the inner and 
outer Pd/Ag membranes is assumed to follow the half–
power pressure law (Sievert’s law) expressed by:

 (17)

 (18)
PH2

 is hydrogen partial pressure in Pa. Do and Di stand 
for the outer and inner diameters of the Pd/Ag layer. 
The pre-exponential factor P0 above 200oC is reported 
as 6.3 x 10–8 molm–2s–1Pa–0.5 and the activation energy 
Ep is 15.7 kJmol–1 18, 31.

The correlations used for heat and mass transfer be-
tween two phases, physical properties of chemical species 
and overall heat transfer coeffi cient between two sides 
were adopted from the literature32–34.

Numerical solution
The governing equations of the model form a system 

of coupled equations comprising of partial derivative 
equations of mass and energy conservation rules for the 
fl uid and solid phases; aforementioned correlations for 
the heat and mass transfer coeffi cients and the physical 
properties of fl uids; as well as the nonlinear algebraic 
equations of the kinetic model. After rewriting the model 
equations, a set of differential algebraic equations (DAEs) 
is obtained for both the co-current and counter-current 
modes. This set of equations is changed to nonlinear 
algebraic equations (NAEs) using the backward fi nite 
difference approximation. The NAEs constitute an in-
itial value problem that was solved using the shooting 
method in the counter-current mode and the trial-and-
-error method in the co-current mode. The reactor 
length is then divided into 100 separate sections and 
the Gauss-Newton method in MATLAB programming 

environment is used to solve the non-linear algebraic 
equations in each section.

Solution procedure for co-current mode
In the co-current mode, the calculation was started 

with initial guesses for the inlet temperature (Tin) and 
hydrogen mole fraction (yin) of the effl uent synthesis gas 
fed to the recycle gas side, which are unknown (initial 
conditions). The initial conditions were calculated using 
the Gauss–Newton method corrected by the previous 
values of temperature and hydrogen mole fraction of 
the synthesis gas in the exothermic side outlet in subse-
quent calculations. Substitution was continued until the 
convergence criterion was met.

Solution procedure for counter-current mode
In the counter-current mode, the inlet temperature 

(Tin) and hydrogen mole fraction (yin) of the effl uent 
synthesis gas fed to the recycle side are unknown (fi nal 
conditions). Solution is possible by guessing values for 
Tout and yout of the recycle gas leaving the inner tube. 
Then, the Gauss–Newton method was used to solve 
the nonlinear algebraic equations in each node. In the 
end, the calculated values of temperature and hydrogen 
mole fraction of the recycle gas were compared with 
the calculated values of temperature and hydrogen 
mole fraction of the synthesis gas in the outlet of the 
exothermic side. This procedure was repeated until the 
specifi ed terminal values were obtained within a small 
convergence criterion.

RESULTS AND DISCUSSIONS

Model validation
The applied model was validated against the plant 

data from the conventional methanol synthesis reactor 
for a special case of constant coolant temperature under 
the design specifi cations. The comparison between the 
simulation and plant data35 has been shown in Table 2. 
The modelling outcomes perform satisfactorily well under 
special case of industrial conditions and the observed 
plant data are in good agreement with simulation data.

In this section, various steady-state behaviours observed 
in the coupled reactors are analyzed and the predicted 
molar fl ow rate, yield, conversion and temperature pro-
fi les are presented. The performance of the thermally 
coupled reactor is analyzed, using different operating 
variables, for methanol yield, cyclohexane conversion 
and hydrogen recovery yield as follows:

 (19)

 (20)

 (21)
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reduces mainly due to higher heat transfer, as shown 
in Figure 2(a). Implementing a higher temperature at 
the entrance of the reactor for a higher reaction rate, 
and then reducing temperature gradually towards the 
reactor’s outlet for increasing thermodynamic equilibrium 
conversion is one of the signifi cant issues in the metha-
nol synthesis reactor confi guration. Therefore, the most 
favourable exothermic temperature profi le seems that 
belongs to the counter-current confi guration. However, 
the exothermic temperature control of the co-current 
confi guration is easier due to lower hot spot.

Figure 2(b)–(d) compares the molar fl ow rate of the 
components along the exothermic side of the reactor in 
the co- and counter-current modes. Indeed, these fi gures 
represent the effect of recycle gas fl ow mode in the inner 

Molar and thermal behaviour comparison

Exothermic side
Figure 2(a)–(d) demonstrates a comparison of the tem-

perature and molar fl ow rate profi les of the components 
along the exothermic side of reactor for the co- and 
counter-current confi gurations. Along the exothermic side 
of the auto-thermal reactors, the temperature increases 
smoothly and hot spots develop as demonstrated in Fi-
gure 3(a) but then decreases. As can be seen in Figure 
2(a), the counter-current confi guration operates at higher 
temperature in the fi rst part of the reactor with respect 
to the co-current one mainly due to lower heat transfer 
from the exothermic side. Afterwards, the temperature 

Table 2. Comparison between simulation and plant data35 for the conventional methanol synthesis reactor

Figure 2. Variation of (a) exothermic temperature, (b) methanol and CO2, (c) H2O and CO; and (d) H2 molar fl ow rate along 
the reactor axis between exothermic sides of the co- and counter-current confi gurations
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tube on the conversion of the exothermic reaction. As can 
be seen, the molar fl ow rate of water in the co-current 
mode is lower than that in the counter-current mode. 
However, the conversion of carbon oxides and the mo-
lar fl ow rate of methanol in the counter-current mode 
are higher. Consequently, the counter-current mode is 
suitable from the point of view of carbon dioxide re-
moval and methanol production, whereas the reactor in 
the co-current confi guration operates with lower water 
production. Enhancement of the carbon oxides removal 
in the counter-current mode brings a lower environ-
mental impact. The lower production rate of water in 
the co-current mode results in the reduction of catalyst 
re-crystallization and longer catalyst life.

Endothermic side
Figure 3(a)–(b) illustrates the axial temperature and 

molar fl ow rate of the components along the endothermic 
sides of the auto-thermal confi gurations. The tempera-
ture of the endothermic side is always lower than that 
of the exothermic side in order to make a driving force 
for heat transfer from the solid wall. At the entrance 
of the endothermic side of auto-thermal reactors, the 
temperature decreases rapidly and a cold spot form and 
then, the temperature increases (see Fig. 3(a)). 

The profi les of components’ mole fractions in the 
thermally coupled reactors are compared in Figure 3(b). 
According to this comparison, the highest reaction yield 

is achieved in the counter-current mode and the diffe-
rence between the co- and counter-current confi guration 
performances is attributed to the high temperature in the 
early parts of the reactor. Regarding to thermodynamic 
restrictions and the high endothermicity of cyclohexane 
dehydrogenation, high temperature results in a higher 
reaction rate and thereupon, higher conversion. Ho-
wever, the high temperature in the initiation steps of 
reaction is more important due to high concentrations 
of the reactants.

Non-reaction sides
Figure 4(a) and (b) reveal the molar fl ow rate profi le 

of hydrogen along the reactor axis in the recycle and 
permeation sides of both confi gurations, respectively. 
As can be seen in these fi gures, the molar fl ow rate 
profi les of hydrogen along the reactor length have the 
same patterns in the permeation side while the trends 
for the recycle side are completely different. In fact, 
the molar fl ow rate of hydrogen in the recycle side 
diminishes due to the permeation through the inner 
membrane into the exothermic side while it increases in 
the permeation side due to delivery of produced hydrogen 
from the endothermic side via permeation through the 
outer membrane. As can be seen in Figure 4(b), there 
is a considerable enhancement in amounts of hydrogen 
fl ow rate in the counter-current confi guration mainly 

Figure 3. Comparison of (a) temperature, (b) molar fl ow 
rate of components along the reactor axis between 
endothermic sides of the co- and counter-current 
confi gurations

Figure 4. Comparison of H2 molar fl ow rate along the reactor 
axis (a) in the recycle side and (b) in the permeation 
side of both the confi gurations
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due to higher reaction yield in the endothermic side in 
comparison to that of the co-current one.

Production rates
As mentioned previously, the main goal of the auto-

-thermal process is co-production of useful chemicals 
that leads to enormous enhancement in the net profi t of 
plant. The methanol, benzene and hydrogen production 
in each operation mode of TCDMR are presented in 
Figure 5. As can be seen, the methanol, benzene and pure 
hydrogen production of the counter-current confi guration 
are 7.02, 6.385 and 0.548 ton day−1, respectively, which 
are higher than the co-current one. This considerable 
improvement in the chemicals production rate of the 
counter-current confi guration is attributed to the positive 
effect of counter-current fl ow pattern of the recycle gas 
in the inner tube.

with two sides, the catalysts would not age identically, 
the cost of membranes and it would require a situation 
where the quantities of the materials to be processed by 
the two reactions be in the proper balance.

Overall, operating and design parameters chosen for 
the reactor confi guration lead to effi cient coupling of the 
two reactions. The effi cient coupling of the exothermic 
and endothermic reactions in a single vessel reduces the 
thermal losses associated with the supply of heat for the 
energy intensive endothermic process.

Infl uence of Inlet Temperature of Endothermic Stream
The infl uence of the inlet temperature of the endother-

mic stream on the temperature profi les in the exothermic 
and endothermic sides along the reactor length for the 
counter-current mode is shown in Figure 6. As can be 
seen in Figure 6(a), increasing the inlet temperature 
of the endothermic stream leads to an increase of the 
exothermic side temperature in the fi rst half of the re-
actor due to the pre-heating of the exothermic stream 
and afterwards, leads to a decrease in the temperature 
which is mainly due to more fuel depletion. Regarding 
to using non- and similar feed temperatures for the 

Figure 5. The comparison of methanol, benzene and pure 
hydrogen production rate in the co- and counter-
current operation modes of TCDMR

Table 3. Comparison of different operation modes of ADMR performance

Figure 6. Infl uence of the inlet temperature of the endothermic 
stream on the temperature profi les in (a) exothermic 
and (b) endothermic sides along the reactor length 
for the counter-current confi guration

Comparison of ADMR Confi gurations Performance
The performance of TCDMR for the co- and coun-

ter-current modes is summarized in Table 3 in terms 
of feedstock conversion and products yield. Clearly, 
the counter-current mode has superiority over the co-
-current one due to higher production and conversion. 
The effect of counter-current fl ow pattern is obvious 
in the performance of TCDMR. The simulation results 
represent 2.46 and 2.34% enhancement in the methanol 
yield and synthesis gas conversion in comparison with 
the co-current confi guration, respectively. Besides, the 
hydrogen recovery yield and cyclohexane conversion (or 
benzene yield) are improved by 3.97 and 3.4% in the 
counter-current mode compared with the co-current one. 

Finally, it could be concluded that the thermally coupled 
double membrane reactor in the counter-current mode is 
an interesting candidate for production of pure hydrogen 
and methanol. However, from an industrial point of 
view there are still many issues to be addressed before 
putting a case for successful commercialization, such as: 
diffi culties to construct a leak-free membrane reactor 
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exothermic and endothermic streams, there are different 
cases where the cold spot in the endothermic side is or 
is not observed. The presence or absence of cold spot 
may be attributed to reasons such as dissimilar reaction 
rates and heats of the exothermic and endothermic 
reactions. One way of eliminating this cold spot is the 
utilization of the dissimilar feed temperature for the 
exothermic and endothermic streams. This arrangement 
requires the pre-heating of the exothermic stream and 
that can be carried out by utilizing the sensible heat of 
the exothermic stream leaving the reactor. 

Figure 7(a) and (b) show the effect of the inlet tempe-
rature of the endothermic stream on the products yield 
and feedstock conversion, respectively. With increasing 
the inlet temperature of the endothermic stream from 
480 to 528 K, the methanol and hydrogen recovery yields; 
and syngas and cyclohexane conversions increase which 
is due to higher temperature at fi rst parts of the reactor 
and consequently, higher rate of reaction.

the reactor axis when the fl ow rate of the endothermic 
stream increases from 0.1 to 0.3 mol s–1. As it can be 
seen in Figure 8(a), increasing the molar fl ow rate of 
the endothermic stream results in the reduction of the 
methanol and hydrogen recovery yield which is due to 
the decrease of synthesis gas and cyclohexane conversions 
(see Fig. 8(b)), respectively. By increasing the fl ow rate 
of the endothermic stream, axial exothermic temperature 
variation becomes lower which is due to higher transfer-
red heat from the solid wall. As a result, the synthesis 
gas conversion decreases. Decrease of the cyclohexane 
conversion is an obvious consequence of the fact that 
the amount of catalyst in the endothermic side is not 
enough for these higher fl ow rates.

Figure 8. Infl uence of the molar fl ow rate of the endothermic 
stream on (a) methanol and hydrogen recovery yield 
and (b) syngas and cyclohexane conversions for the 
counter-current confi guration

Figure 7. Infl uence of the inlet temperature of the endothermic 
stream on (a) methanol and hydrogen recovery yield 
and (b) syngas and cyclohexane conversions for the 
counter-current confi guration

Infl uence of molar fl ow rate of endothermic stream
When the reactor geometry, inlet operating conditions 

and catalyst loading are fi xed, variations of fl ow rates 
result in corresponding variations of fl uid velocities and 
residence times. Figure 8(a) and (b) illustrate how the 
products yield and feedstock conversion behave along 

CONCLUSION

Simultaneous methanol and hydrogen production by 
the auto-thermal methanol synthesis process as well 
as hydrogen recovery have been studied using a one-
-dimensional steady-state model in a heat exchanger 
double-membrane reactor when two different hydrogen 
redistribution strategies are used in the recycle side. 
In the fi rst strategy (the co-current confi guration), the 
exothermic and recycle sides streams are in the co-
-current mode whereas in the second strategy (the co-
unter-current confi guration), the gas streams are in the 
reverse direction. The simulation results show that there 
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is a favorable profi le of temperature in the exothermic 
side of the counter-current confi guration and represent 
an enhancement in the methanol, hydrogen and benzene 
productivity in comparison with the co-current confi gura-
tion. Besides, the counter-current mode is suitable from 
the environmental point of view due to lower carbon 
oxides emissions. The results suggest that utilization 
of the counter-current auto-thermal double-membrane 
reactor for pure hydrogen and methanol production 
could be feasible and benefi cial. Experimental proof of 
the concept is needed to establish the validity and safe 
operation of the recuperative reactor.

NOMENCLATURE

av – Specifi c surface area of catalyst pellet (m2 m–3)
Ac – Cross section area of each tube (m2)
Cp – Specifi c heat of the gas at constant pressure 
   (J mol–1)
Di – Tube inside diameter (m)
F – Total molar fl ow rate (mol s–1)
hf – Gas-solid heat transfer coeffi cient (W m–2 K–1)
ΔHf,i – Enthalpy of formation of component i (J mol–1)
K – Rate constant of dehydrogenation reaction 
  (mol m–3 Pa–1 s–1)
kg – Mass transfer coefficient for component i 
    (m s–1)
KB – Adsorption equilibrium constant for benzene
     (Pa–1)
Ki – Adsorption equilibrium constant for component
    i in methanol synthesis reaction (bar–1)
Kp – Equilibrium constant for dehydrogenation reaction
   (Pa3)
Kpi – Equilibrium constant based on partial pressure
    for component i in methanol synthesis reaction
Kw – Thermal conductivity of reactor wall (W m–1 K–1)
L – Reactor length (m)
N – Number of components (N = 6 for methanol 
 synthesis reaction, N = 3 for dehydrogenation 
 reaction)
Pi – Partial pressure of component i (Pa)
ri – Reaction rate of component i (for exothermic 
   reaction: mol kg–1 s–1; for endothermic reaction: 
   mol m–3 s–1) 
R – Universal gas constant (J mol–1 K–1)
T – Temperature (K)
U – Overall heat transfer coefficient between 
   exothermic and endothermic sides (W m–2 K–1)
yi – Mole fraction of component i (mol mol–1)
Z – Axial reactor coordinate (m)

Greek letters
ρb – Density of catalytic bed (kg m–3)

Superscripts
G – In bulk gas phase
S – At surface catalyst
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