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Dynamic modeling of the isoamyl acetate reactive distillation process
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The cost-effectiveness of reactive distillation (RD) processes makes them highly attractive for industrial applica-
tions. However, their preliminary design and subsequent scale-up and operation are challenging. Specifi cally, the 
response of RD system during fl uctuations in process parameters is of paramount importance to ensure the stability 
of the whole process. As a result of carrying out simulations using Aspen Plus, it is shown that the RD process for 
isoamyl acetate production was much more economical than conventional reactor distillation confi guration under 
optimized process conditions due to lower utilities consumption, higher conversion and smaller sizes of condenser 
and reboiler. Rigorous dynamic modeling of RD system was performed to evaluate its sensitivity to disturbances in 
critical process parameters; the product fl ow was quite sensitive to disturbances. Even more sensitive was product 
composition when the disturbance in heat duties of condenser or reboiler led to a temperature decrease. However, 
positive disturbance in alcohol feed is of particular concern, which clearly made the system unstable.
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INTRODUCTION

 Reactors and separation units are often the most important 
process equipment in any chemical process plant. A major 
portion of the capital and operating cost of a chemical process 
plant is related to the reactors and separation columns. An 
alternative to the conventional sequence of reactor–separation 
units is the reactive distillation (RD) unit where the reac-
tion and separation simultaneously occur, thereby lowering 
the costs associated with the use of two separate units for 
the reaction and distillation1–4. RD is particularly attractive 
for equilibrium-limited chemical reactions because the si-
multaneous removal of products tends to shift the reaction 
equilibrium toward yielding more products. Moreover, the 
heat generated by the exothermic reaction can be effi  ciently 
utilized to improve the heat economy of the system1, 5. The 
RD processes are also particularly eff ective in the separa-
tion of azeotropes that cannot be separated by conventional 
distillation3, 6–8.

The cost-effectiveness and compactness of RD pro-
cesses make them ideally suited for several industrial 
applications, such as the production of biodiesel9–12 
and petrochemicals3, 13, as well as processes involving 
alkylation, hydration, hydrogenation, acetalization, ethe-
rifi cation, and esterifi cation8, 13–17. Estrada et al.3 compa-
red the conventional process of reactor and separation 
units with the RD process for hydrodesulfurization. 
Their group found that the capital and operating costs 
can be signifi cantly reduced by the RD process without 
compromising the quality of the product. RD has also 
been recommended for the esterifi cation of isoamyl 
acetate4, 18–20, which is widely used as an additive to 
fl avor processed food and beverages. In an experimental 
investigation, the conversion of acetic acid with RD was 
reported to reach 69.5% as compared with the 18.2% 
achieved by a conventional batch reactor18. Patil and 
Kulkarni19 determined the esterifi cation reaction kinetics 
of acetic acid with isoamyl alcohol in a batch reactor. 
Their group used the kinetic model for the steady-state 
simulation of the RD process. Their model predictions 
showed good agreement with the experimental data4.

Both the reaction and separation simultaneously occur 
in the same unit; thus, the RD process is highly sensi-
tive to the feed and operating conditions, which must 
be carefully monitored and controlled21–24. Moreover, 
the occurrence of multiple steady states and non-linear 
process gain can also affect the process effi ciency6, 25. RD 
is a remunerative alternative to the conventional reactor–
separator confi guration if the challenge associated with 
its design and control can be appropriately addressed.

From the foregoing discussion, a rigorous dynamic 
analysis of the RD process is an important prerequisite 
for predicting its sensitivity to changes in critical process 
parameters. Consequently, we chose the esterifi cation of 
isoamyl acetate as the case study in which the simulta-
neous removal of the one of the reaction products (i.e., 
water during the reaction) drives the reaction forward. 
However, before undertaking a rigorous dynamic ana-
lysis, a detailed analysis of the economic viability of 
the proposed RD confi guration as compared with the 
conventional process was carried out with the help of 
Aspen Plus V 8.6 under identically optimized process 
conditions. Once the cost-effectiveness of RD was clearly 
established, we set out for a detailed investigation of 
the RD dynamics. In this study, we introduced positive 
and negative step changes in values of three key process 
parameters, namely, the feed fl ow, condenser load, and 
reboiler heat duty. Their effect on the product purity and 
fl ow rate fl ow was analyzed with Aspen Dynamics V 8.4. 
The magnitude of the departure of the new steady state 
from the original as a result of the step change and the 
time taken by the RD confi guration to attain the new 
steady state were of particular interest. 

MODEL

Assumptions
The proposed model is based on the following as-

sumptions:
– Each tray is considered an equilibrium stage, that 

is, liquid and vapor streams leaving the tray are in 
equilibrium.
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– The liquid phase is homogenous in each stage, and 
the liquid leaving the tray has the same composition as 
that in the stage.

– The liquid and vapor in the stage are completely 
mixed.

– The liquid hold up is identical in all stages.
– The vapor hold up in the stage is negligible compared 

with the liquid hold up of the stage.
– The reaction occurs in the liquid phase.
– The pressure drop is negligible.

Reaction kinetics
Acetic acid reacts with isopentanol in the liquid phase 

over the ion-exchange resin to produce isoamyl acetate. 
The reaction scheme can be written as:

The reaction is reversible and exothermic. Its kinetics 
is given by4: 

 
The backward reaction is very slow compared with the 

forward reaction, so it can be ignored. The rate constant 
of the forward reaction is given as:

where  and 

Phase equilibrium
The non-random two-liquid model called NRTL-2 in 

Aspen Plus® is used for property estimation. The NRTL 
equation is as follows26:

  
The relevant physical properties of the components in 

the reaction are summarized in Table 1. This table shows 
that the boiling points of water and isoamyl acetate are 
the lowest and highest, respectively. Therefore, water will 
be recovered in the distillate, whereas isoamyl acetate 
will be recovered in the bottom stream. As the liquid 
mixture fl ows down the column, the water evaporates 
and its fraction in the liquid phase gradually decreases.

Conventional process
The fi rst step in our modeling strategy was the de-

velopment of a rigorous model for the conventional 
process, in which the esterifi cation of isopentanol with 
acetic acid was performed in the reactor–separator 
confi guration. The fl owsheet of the process is shown 
in Figure 1. The reactor input consists of isopentanol 
and acetic acid, which appear as separate streams. The 
details are presented in Table 2. For the reactor model, 
we used the Aspen Plus RGibbs model, which computes 
the equilibrium composition at the reactor temperature 
and pressure by minimizing the Gibbs free energy of the 
system using the following equation26: 

Figure 1. Process fl owsheet of the conventional process con-
sisting of sequential reactor and separator units 

Table 1. Physical properties of components

Table 2. Specifi cation of feed conditions

Table 3. Specifi cation of the separation unit for conventional and reactive distillation confi gurations 

The extent of reaction at equilibrium is calculated by 
the abovementioned equation and represents the maxi-
mum conversion that can be achieved by a reversible 
reaction at the specifi ed temperature and pressure. The 
effl uents of the Gibbs reactor were separated by distilla-
tion to obtain products of the desired composition. The 
RadFrac model of Aspen Plus® was used for distillation. 
This equilibrium/rate-based method performs rigorous 
material and energy balance calculations at each stage. 
As previously mentioned, a vapor–liquid equilibrium 
was assumed at each stage in our calculations. The 
relevant details of the conventional distillation column 
are presented in Table 3.
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Reactive distillation process 
The second step was the implementation of the mo-

deling strategy for the RD process. The Radfrac model 
of Aspen Plus™ was used. The RD unit (Fig. 2) consists 
of three sections: the enriching, reaction, and stripping 
sections. The reaction kinetics was added in the Radfrac 
model of the reaction section, where the reaction of 
isopentanol and acetic acid occurred in the liquid phase 
to produce isoamyl acetate and water. The separation of 
water simultaneously occurred from the liquid phase to 
the vapor phase in the reaction section, which lowered 
the concentration of water in the liquid phase. This 
phenomenon drove the reaction forward, thereby leading 
to higher reactant conversion and greater production 
of isoamyl acetate. The details of the RD column are 
presented in Table 3. A similar confi guration was used 
by Patil and Bhaskar4. The authors performed RD expe-
riments and compared the results obtained by modeling 
and simulation and found that the experimental results 
were in excellent agreement with the simulation results. 
Also, the authors compared their experimental results 
with Aspen Plus simulation results which also corrobo-

rate well within the experimental error. The feed and 
operating conditions for both cases (i.e., conventional 
distillation and RD) were kept constant in the present 
simulation for comparison. The liquid hold up of 0.1 m3 
was identical for all the trays.

Optimization of process parameters
As a part of the optimization strategy, three key 

parameters were selected to optimize isoamyl acetate 
production; these parameters were the location of the 
feed tray, the distillate-to-feed ratio, and the refl ux ratio. 
The optimization results are presented in Table 4. The 
refl ux ratio was signifi cantly higher for conventional di-
stillation (Case I) compared with RD (Case II). The low 
value of the refl ux, which was mainly water, favored the 
forward reaction and ensured greater conversion, thereby 
leading to the higher production of isoamyl acetate in 
the reaction section. As shown in Table 5, the location of 
feed streams for both isopentanol and acetic acid were 
also optimized for Case II. The arrangement in which 
acetic acid and isopentanol entered Stages 10 and 16, 
respectively, yielded the best results and was used for 
simulation in the present work.

RESULTS AND DISCUSSION

Steady state analysis
Figure 3 shows the stage-wise variation in the liquid 

composition of the distillation column for Case I. The 
condenser was the fi rst stage, whereas the last stage 
(Stage 27) was the reboiler. The progressive increase in 
the fraction of n-amyl acetate was clearly observed as 
the liquid fl owed down the distillation column. In Table 
6, the heavy key was isoamyl acetate, whereas the light 
key was isopentanol. The mole percentages of the light 
key and heavy key in the bottom stream were 0.29% 
and 99.71%, respectively. Figure 4 depicts the stage-wise 
temperature variation in the distillation column, which 
was operated between 90oC and 142oC.

For the case of RD, the stage-wise variation in the 
liquid composition is shown in Figure 5. In Table 6, 
the compositions of the light key (isopentanol) and the 
heavy key (isoamyl acetate) in the product stream were 
0.002% (possible traces) and 99.85%, respectively. The 
conversion of isopentanol for both conventional distilla-
tion and RD processes is presented in Table 7. Although 

Table 5. Effect of the location of the feed stage on the product purity and fl ow rate

Table 4. Optimized conditions of the separation column

Figure 2. Process scheme of the reactive distillation column 
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optimized conditions were used for both processes, the 
conversion for RD was 4% higher. This is due to the 
fact that the water produced during the reaction in 
the reaction zone is simultaneously separated from the 
liquid phase in the RD process. This further drives the 
reaction forward thereby leading to higher conversion. 
The liquid phase concentration of isoamyl acetate further 
increased through the stages because of the separation 
of lighter components in the stripping section. The co-
nventional Gibbs reactor could not achieve such high 
conversion with the given equilibrium limitation. The 
RGibbs model minimized the Gibbs energy to calculate 
the extent of the reaction at equilibrium, which was the 

maximum possible conversion that could be achieved in 
a reversible reaction; thus, the design of such a reactor 
can often be challenging. By contrast, the RD column 
needed no extra modifi cation and could cost-effectively 
replace the conventional reactor and distillation system 
with higher product yield.

Figure 6 shows the temperature distribution of the 
RD column. The temperature decreased in the enriching 
section as the liquid moved down the column, and the 
water was stripped from the liquid phase. However, the 
temperature of the liquid remained almost constant in 
the stripping section, which mainly contained isoamyl 
acetate in the liquid phase. 

Table 7. Conversion of isopentanol for conventional process and reactive distillation

Table 6. Composition of the bottoms for the conventional and 
reactive distillation columns

Figure 5. Stage-wise variation of compositions for reactive 
distillation (Case II)

Figure 4. Temperature profi le in the distillation column (Case 
I) at the atmospheric pressure

Figure 3. Stage-wise variation of compositions in the distillation 
column (Case I)

Figure 6. Temperature profi le in the reactive distillation column 
(Case II)

To compare the economics of both processes, the re-
quired heat duties for the conventional distillation and 
RD processes were evaluated. The results are reported 
in Table 8. The condenser heat load was as much as 
sevenfold the conventional process compared with the 
corresponding RD process. Similarly, the reboiler duty 
was more than eight times higher for the conventional 
process. Besides a signifi cant difference in the cost of 
utilities, a substantially larger condenser and reboiler 
are required for the conventional process. These re-
quirements ultimately translate into higher capital and 
operating costs. A preliminary cost analysis was carried 
out and presented in Table 9. For conventional distillation, 
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value (Fig. 7(ii)), but the percent reduction was not as 
pronounced as that for the composition.

Figure 8 shows the effect of the negative step change 
on the time evolution of the temperature disturbance 
for different stages. Almost 3 h was required before the 
effect of the step change was clearly manifested on the 
column temperature profi le. When the temperature de-
crease affected the beginning of the reaction zone in Stage 
10, water evaporation from the liquid phase decreased. 
In turn, the conversion level decreased because of the 
equilibrium constraint. Consequently, the liquid phase 
entering Stage 11 contained more water, which further 
lowered conversion at this stage and augmented the rate 
of temperature decrease. This phenomenon continued in 
all the stages of the reaction zone (i.e., Stages 10–15). 

the capital cost for the reboiler was almost 84% higher, 
whereas that for the condenser was even higher at 181%. 
The operating costs for the reboiler and condenser were 
almost sevenfold higher for the conventional process 
compared with its RD counterpart. Our fi ndings in the 
present case agreed with those reported by Estrada et 
al.3 for naphtha hydrodesulfurization.

Dynamic analysis
Despite the inherent process efficiency and cost-

effectiveness with the application of RD in the previous 
section, its complex dynamics has to be appropriately 
considered for the successful initial design and subsequent 
scale-up, operation, and control of the process. In the 
present work, the dynamic response of the RD confi gu-
ration was analyzed by introducing a step change in key 
process parameters. These input parameters included the 
heat duties of the reboiler and the condenser, as well 
as the feed of isopentanol. For each input parameter, 
the step change was analyzed for two cases. First, the 
input parameter was decreased by 10% of the steady 
state value at time t = 3 h. In the second case, the 
input parameter was increased by 10% of the steady 
state at time t = 3 h. 

Figure 7 shows the dynamic response of the RD column 
when the negative step change of −10% was introduced 
in the heat duty of the reboiler at time t = 3 h. The 
concentration of isoamyl acetate in the product decreased 
by 55.2%, whereas its production decreased by 33.4%. 
Notably, the step stage was introduced at t = 3 h, but 
the remarkable decrease in composition could only be 
detected after t = 8 h. Meanwhile, the mole fl ow of 
isoamyl acetate showed notable initial fl uctuations after 
t = 6 h before ultimately settling to a lower steady-state 

Table 9. Cost comparison for reboiler and condenser for conventional distillation and reactive distillation

Table 8. Heat duties for conventional and reactive distillation

Basis: Cost of steam for reboiler = 17.95 USD/ton; Cost of cooling water for condenser = 31.7 USD/million liters.

Figure 7. Dynamic response at negative 10% step change in 
the heat duty of the reboiler at time‚ t = 3h’; (i) 
Composition of iso-amyl acetate at the bottom stre-
am; (ii) Flow rate of iso-amyl acetate at the bottom 
stream

Figure 8. Effect of the step-change in the reboiler heat duty 
on the liquid temperature profi les for different stages

Therefore, conversion decreased as the liquid mixture 
with an increasingly higher fraction of water descended. 
A steep decrease in temperature occurred in conjunction 
with a steep increase in the water fraction (Fig. 9a). 
As the conversion decreased, less isoamyl acetate was 
produced and the unreacted components increased in 
the liquid phase. This trend was observed for various 
components of the liquid mixture at different stages, as 
highlighted by Figures 9b–9d.

Meanwhile, the effect of the positive step change in 
the composition was not as signifi cant compared with the 
negative step change, as shown in Figure 10. However, 
isoamyl acetate fl ow was adversely affected. The product 
fl ow rate decreased by 35.1%. Another notable differ-
ence between the two cases was that the time required 
to achieve a new steady state was comparatively short. 
The column required approximately 3 h to reach the 
steady state after the introduction of the step change.

Subsequently, we considered the effect of the disturban-
ce in the condenser heat duty on the dynamic response 
of the RD column. Figures 11 and 12 show the time 
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evolution of disturbance in the composition and the mo-
lar fl ow when a step change was introduced. The effect 
of the negative step change was not as pronounced as 
its positive counterpart as far as the composition and 
transients were concerned, despite a signifi cant drop 
in its molar fl ow. A signifi cant variation with the long 
transients was noted in the composition and fl ow when 
a positive step change was made. Notably, a positive step 
change in the condenser load showed similar behavior to 

Figure 10. Dynamic response at positive 10% step change in the 
heat duty of the reboiler at time‚ t = 3h’; (i) Com-
position of iso-amyl acetate at the bottom stream; (ii) 
Flow rate of iso-amyl acetate at the bottom stream

Figure 9. Change in composition of liquid in the trays due to the negative 10% step change in the heat duty of the reboiler at 
time‚ t = 3h’; a) Water; b) Iso-amyl acetate; c) Iso-pentanol; d) Acetic acid

Figure 11. Dynamic response at positive 10% step change in the 
heat duty of the reboiler at time‚ t = 3h’; (i) Com-
position of iso-amyl acetate at the bottom stream; (ii) 
Flow rate of iso-amyl acetate at the bottom stream

Figure 12. Dynamic response at positive 10% step change in the 
heat duty of the condenser at time‚ t = 3h’; (i) Mole 
fraction of iso-amyl acetate at the bottom stream; (ii) 
Mole fl ow rate of iso-amyl acetate at the bottom stream

the negative step change in the reboiler heat duty. The 
lowering of the temperature was obviously the reason 
for both cases. 

The effects of the step changes in the isopentanol feed 
rate are indicated in Figures 13 and 14. As expected, 
the decrease in the mole fl ow rate of isopentanol in the 
feed decreased the mole fl ow rate of isoamyl acetate 
in the product. However, the increased mole fl ow rate 
of isopentanol severely infl uenced the dynamics of RD 
such that the operation became unstable and the column 
could not reach a steady state even at 30 h after the 
introduction of the step change.

A summary of the effect of step changes is presented 
in Table 10. A 10% change in the heat duties of either 
condenser or reboiler signifi cantly affected the product 
fl ow and produced comparable deviations. However, the 
composition was not always affected unless the intro-
duction of step change decreased the temperature. In 
this case, an even higher reduction coupled with long 
transients in the composition of isoamyl acetate was ob-
served. As far as the feed was concerned, a reduction in 
its fl ow rate did not alter the product composition, but 
its fl ow substantially decreased. By contrast, an increase 
in the feed led to unexpected dynamics. The operation 
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of RD became unstable when the fl ow rate of the feed 
was increased by 10%. 

CONCLUSION

The present work employed a two-step strategy to 
evaluate the feasibility of isoamyl acetate production 
via RD. In the fi rst step, conditions for the conventional 
distillation and RD processes were optimized. To com-
pare the cost-effectiveness of both processes, the heat 
duties of the condenser and reboiler, in addition to the 
conversion level, were evaluated under identical condi-
tions. Several fold changes in the heat duties of the two 
processes translated into substantial differences in the 
process economics, such that the operating cost for the 
reboiler was seven times higher. For the condenser, the 
cost was almost eight times higher for the conventional 
process compared with RD. The required employment 
of larger heat exchangers for the condenser and reboiler 
was another factor that caused the cost escalation for the 
conventional process. The higher conversion of alcohol 
during RD is another feature of its cost-effectiveness.

Figure 14. Dynamic response at positive 10% step change in the 
fl ow rate of iso-pentanol in the feed at time‚ t = 3h’; 
(i) Mole fraction of iso-amyl acetate at the bottom 
stream; (ii) Flow rate of iso-amyl acetate in the bottom 
stream 

Figure 13. Dynamic response at negative 10% step change in the 
fl ow rate of iso-pentanol in the feed at time‚ t = 3h’; 
(i) Mole fraction of iso-amyl acetate at the bottom 
stream; (ii) Flow rate of iso-amyl acetate in the bottom 
stream 

Table 10. Change in molar fl ow rate and composition of iso-amyl acetate in the bottom stream due to the eff ect of disturbance in input 
parameters of the reactive distillation system

The second step involved rigorous dynamic analysis 
of the same RD confi guration subject to a 10% distur-
bance in the key process parameters. The negative and 
positive step changes in the feed fl ow and heat duties 
of the reboiler and condenser were considered. As far 
as condenser and reboiler heat duties were concerned, 
a 30%–35% decline in the product fl ow was observed. 
However, the product purity decreased by more than 50% 
when the heat duty lowered the temperature of either 
the condenser or reboiler. Meanwhile, a reduction in the 
alcohol feed hardly affected the product purity while the 
product fl ow declined by 17%. When the disturbance 
resulted in more than a 50% decrease in the product 
purity, the process took as much as 8 h to stabilize after 
the occurrence of the disturbance. However, the positive 
fl uctuation in the alcohol feed made the RD process 
unstable. The process did not stabilize even after 30 h of 
operation. Thus, the RD process is sensitive to external 
disturbances and requires an effective control scheme 
for effi cient operation.
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Nomenclature
CCH3COOH Molar concentration of acetic acid, [mol/l]
CC5H11OH Molar concentration of isopentanol, [mol/l]
CC5H11COOCH3

 Molar concentration of iso-amyl acetate, 
 [mol/l]
CH2O Molar concentration of water, [mol/l]
G Gibbs energy, [kJ]
k1 Rate constant for forward reaction, 
 [kmol/m3/s] 
k2 Rate constant for backward reaction 
 [kmol/m3/s]
T Temperature of the system, [oC]
P Pressure of the system, [atm]
x Mole fraction in liquid phase, [-/-]

Greek letters
γi Activity coeffi cient, [-/-]
τij Dimensionless interaction parameters, [-/-]
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